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A screening procedure developed synthesizes a multiphase reactor and the accompa-
nying heat-transfer devices desired for a given reaction scheme. It is an extension of a
procedure, previously described for isothermal systems with a single reaction to multiple
reactions involving heat effects. The three key elements to this approach include a generic
reactor model, an accompanying sensitivity model, and a knowledge base consisting of
heuristics, as well as correlations on hydrodynamics, heat, and mass transport. The
generic reactor model is extended to include various topologies and reactor constituent
parts for heat and mass transfer. The sensitivity model quantifies the potential impact of
various reactor parameters on reactor performance. The knowledge base is expanded to
tackle multiple, nonisothermal reactions. In this procedure, reactor attributes and con-
stituent parts are aggregated to form a reactor for the specific reaction under considera-
tion. It is especially useful at the early stage of process development, when there is a
great deal of uncertainty regarding reaction kinetics, and potential limitations of heat

and mass transfer.

Introduction

Multiphase reactors are used for a large class of catalytic
and noncatalytic reactions including oxidation, hydrogena-
tion, alkylation, and halogenation. These reactions are often
highly exothermic and are accompanied by several side reac-
tions. Table 1 shows a few such multiple reaction schemes
and the corresponding industrial examples. For these reac-
tions, maximization of selectivity is a key issue in commercial-
ization. In addition to selection of the best reactor type,
proper heat management is essential, especially for systems
with significantly different activation energies for the various
individual reactions.

There is a rich literature on the analysis and design of mul-
tiphase reactors including several notable texts and mono-
graphs (Shah, 1979, 1991; Ramachandran and Chaudhari,
1983; Doraiswamy and Sharma, 1984; Gianetto and Silveston,
1986; Mills et al., 1992). However, relatively little is available
on how to systematically synthesize multiphase reactors. Sys-
tematic techniques including graphical optimization proce-
dures (Chitra and Govind, 1985a,b), nonlinear and mixed
integer nonlinear programming (Achenie and Biegler, 1990;
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Schweiger and Floudas, 1999), and attainable region analysis
(Glasser et al., 1987; Hildebrandt and Biegler, 1995) have
been developed by researchers in the process systems engi-
neering community. However, these studies are limited to ho-
mogeneous systems, without considering the complexities
presented by interfacial transfer, phase equilibria, and multi-
phase flow. Further, the focus is on the use of a network of
individual reactors for optimizing reaction performance.

The need for a systematic procedure for synthesizing a sin-
gle optimal multiphase reactor is being met by some recent
work. Krishna and Sie (1994) proposed selecting reactors
based on three levels: catalyst design, injection and disper-
sion strategy, and choice of hydrodynamic flow regime.
Schembecker et al. (1995) employed a heuristic-numeric con-
sulting scheme for selection of multiphase reactors. In the
approach taken by Mehta and Kokossis (1997, 1998), a
superstructure is reduced using a stochastic optimization
technique to identify an optimal multiphase reactor. The
screening procedure of Kelkar and Ng (1998) approaches the
problem from the opposite direction. Reactor attributes and
constituent parts are aggregated to form a reactor for the
specific reaction under consideration. A sensitivity model
provides the possible impact of the various reactor parame-
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Table 1. Some Basic and Complex Gas-Liquid
Reaction Schemes™

Classification Reaction Scheme Examples

Independent A, (+ B)—P Simultaneous absorp -

parallel A, (+ B)—X tion of H,S and CO, in

reactions aqueous alkali; absorp-
tion of HCN and CO,
in alkali.

Parallel A(+B)—>P Co-oxidation of organic

reactions A (+B,)—X compounds (such as

acetaldehyde and cyclo-
hexane) with air or O,;
chlorination or alkyla-
tion of mixed cresols.

; B B
Consecutive 5 (B (+B)

Ethynylation of formal-

the cis- and trans- mono
unsaturated isomers,
respectively.)

reactions and dehyde to butynediol
(+B) _ (+B) with propargyl alcohol
A——P——X as intermediate.
Parallel- A(+B)—>P Chlorination of para-
consecutive A+P—>X cresol to 2-chloro-
reactions 4-methylphenol, and
subsequent chlorination
to 2,6-dichloro-4-
methylphenol.
Complex (+ A) Iy Hydrogenation of cot-
reactions / \(f » tonseed oil (1, 1, are
B

P

A “ A

I,

A, (+ B)—1
A, +1—P

Absorption of Cl, and
CO, in caustic soda.

*Ai, B; are the dissolved gaseous reactants and liquid-phase reactants,
respectively; I;, P and X are the intermediate, desirable, and the unde-
sirable ligquid-phase products, respectively. Parentheses imply that a
species may or may not take part in the reaction.

ters on reactor performance. It is especially useful when there
is a great deal of uncertainty regarding reaction kinetics, and
potential limitations of heat and mass transfer. The proce-
dure, previously limited to isothermal systems with a single
reaction, is extended to multiple reactions involving heat ef-
fects in this article.

A review is made of the framework with which conven-
tional multiphase reactors are decomposed into four classes
of common features. Then, the additional phase attributes,
reactor characteristics, constituent parts, and model parame-
ters that are required in each class for nonisothermal multi-
ple reactions are described. The accompanying heuristics and
knowledge base are also provided, followed by a discussion of
a generic reactor model, as well as a companion sensitivity
model. Examples are used to illustrate the screening proce-
dure.

Deconstructing a Generic Multiphase Reactor

It was shown that the seemingly different multiphase reac-
tors can be compared on the basis of four classes of common
features or attributes. Figure 1 shows how these four ele-
ments combine to form a generic multiphase reactor.

e Phase distribution attributes describe the characteristics of
the gas, liquid and solid phases which are distributed in the
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Figure 1. Four classes of common features in a generic
multiphase reactor.

Typical features (in bold) in each class along with examples
of such features are presented.

reactor. A phase in general can be classified as being dis-
persed, fluidized, packed, or continuous, depending on its vol-
ume fraction in the multiphase reactor. A generic Volume
Fraction Map shows the ranges of gas, liquid, and solid
holdups in a multiphase reactor for phase attributes ranging
from dispersed to continuous. Other phase attributes include
a description of the state of motion and mixedness of the
phase, the physical form of the phase, and quantitative de-
scriptions such as its flow rate, the bubble and drop-size dis-
tribution, the interfacial area between phases, and so on.

e Topological and geometrical characteristics describe the
physical features of the reactor. These include information
about the overall geometry of the reactor, its topology, as
well as the nature of the contacting patterns for the fluid
phases.

e Reactor constituent parts include devices such as the gas-
liquid interface generating device, and the gas and liquid re-
circulation and mixing devices. The structure of the solid
phase in the reactor can also be considered to be a part of
this class, because the nature of the gas-liquid interface is
different when the solid is packed in the reactor, than when
it is dispersed in the form of powder.

e Transport and thermodynamic parameters form the fourth
class of common features in a generic multiphase reactor. The
values of various reactor parameters such as the gas-liquid
mass-transfer coefficient in different reactors are not a prop-
erty of the reactors themselves, but primarily of the con-
stituent part generating the parameter value. Generic Trans-
port Parameter Maps are used to identify the ranges of these
transport parameter values for each reactor part.

The decomposition framework shown in Figure 1 is not
rigid, and new features and information can be added to ex-
pand its applicability. For synthesis of multiphase reactors
with nonisothermal, multiple reactions, the information
needed in addition to that for a single isothermal reaction is
presented below.
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Phase distribution attributes

For multiple reactions with heat effects, the following ad-
ditional phase distribution attributes can be defined:

e For reactions using different catalysts, what is the size
and relative fraction of each catalyst? For example, consecu-
tive reactions may be carried out in staged packed beds with
a different catalyst in each stage to improve selectivity.

e Is a phase reacting or nonreacting? For example, the gas
phase may only serve to supply the gaseous reactant to the
liquid phase where the reaction takes place. In other cases,
as in the hydrogenation of crotonaldehyde in a trickle bed
(Sedriks and Kenney, 1973), the reaction may take place on
the surface of the solid catalyst, as well as in the gas phase.
Sometimes, in the case of a gas-liquid reaction catalyzed by a
solid, simultaneous, noncatalytic side reactions may occur in
the liquid phase, leading to a lower selectivity to the desired
product.

e Does a phase undergo a phase change, either within or
outside the reactor? For example, a liquid phase is trans-
formed into a solid phase in a reactive crystallizer (Kelkar
and Ng, 1999). In a boiling reactor, the liquid phase leaves
the reactor in vapor form (Khinast et al., 1998).

e Is there a mass-transfer agent such as a phase-transfer
catalyst which ferries components from one phase to another
(Naik and Doraiswamy, 1998)?

e Does the phase selectively retain or reject one or more
components from it? For example, in a liquid-liquid extrac-
tive reaction, the selectivity to the desired product can be
improved by a judicious choice of the solvent (Samant and
Ng, 1998a,b,c).

Reactor topological and geometrical characteristics

By manipulating these characteristics, the designer can
change various attributes such as the level of mixedness of
each phase, the concentrations of individual species, and the
temperature profile in the reactor:

e |s there heat transfer inside or outside of the reactor?
For example, Figures 2a to 2c¢ show reactors with internal
heat transfer, Figure 2d shows an ebullated bed using an ex-
ternal stream for heat removal, with the dark circles repre-
senting the solid phase, while Figure 2e shows a reactor which
involves heat removal by boiling the liquid, followed by a re-
flux condenser and a liquid recycle.

e |s there any interstage addition of feed? Figure 2f shows
a multistaged adiabatic packed bed reactor, with an interme-
diate addition of cold feed.

e Is there selective removal of one or more species from
the reaction mixture? A membrane reactor is such an exam-
ple (Guha et al., 1995).

e Do the reactants flow axially or radially relative to the
reactor? For example, although an axial flow is the most
commonly used, a radial flow packed-bed reactor gives a lower
pressure drop and also prevents hot spots for highly exother-
mic reactions, due to a short length of the bed (Balakotaiah
and Luss, 1981).

Figure 3 shows how these characteristics manifest them-
selves into a geometrical representation. Figure 3a shows a
single reactor with an internal heat-transfer mechanism. Note
that it can represent a dispersed, fluidized or packed reactor,
depending on the solid volume fraction. Figures 3b and 3c
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Figure 2. Selected multiphase reactors with the accom-
panying heat-transfer schemes.

represent a reactor with external recirculation and heat
transfer. Figure 3d shows a reactor with heat transfer involv-
ing a phase change, and recirculation of the cold reflux. Fig-
ure 3e shows a multistaged reactor with preheating of the
feed, and interstage heat exchange, whereas Figure 3f shows
a similar reactor with interstage injection of feed. Note that
these representations can be combined to yield additional re-
actor topologies. For example, combining the topologies of
Figures 3a and 3f, we have a multistaged reactor with inter-
nal heat transfer in each stage, as well as a distributed feed.
Figure 3g shows the possibility of removing some of the com-
ponents through a side stream by using a selective mass-
transfer device. Some heuristics for selecting the reactor
topology are given below.

e Because of the simplicity, use a jacketed reactor for heat
removal, if possible.

e Use an external recirculation loop for highly exothermic
reactions for which the capacity of internal heat-transfer de-
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Figure 3. Selected topologies for multiphase reactors.

vices is inadequate. Watch out for fouling, plugging, unin-
tended reactions, and so on in the external loop.

e Use interstage injection of cold reactants as an alterna-
tive to using heat-transfer devices, if it is easy to recover and
recycle the reactant.

e Use multiple-tube reactors if the presence of radial tem-
perature gradients is deleterious to reactor performance.

e Use compartments to allow interstage injection of a re-
actant to improve selectivity.

e Use a selective mass-transfer device for the preferential
removal of some components as a means for improving
yield /selectivity.

Reactor constituent parts

Many attributes of the reactor are determined by distinct
reactor parts. The gas-liquid interface generating device, the
gas and liquid recirculation device, and so on were described
previously (Kelkar and Ng, 1998). Some additional con-
stituent parts are discussed below:

e Devices for selective mass transfer: A membrane reactor
features such a device to selectively remove some compo-
nents to enhance selectivity or overcome equilibrium limita-
tions (Park et al., 1998).

e Devices for internal heat exchange: Some of the devices
can be seen in Figure 2: a jacket (Figure 2a) and internal
cooling coils (Figure 2b) in a multiphase stirred tank, and a
shell-and-tube heat exchanger configuration for a tubular
packed reactor (Figure 2c).
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e Devices for external heat exchange: Heat exchangers
(Figure 2d) and fired heaters can be used for external heat
transfer. If the heat transfer involves a phase change, a con-
denser (Figure 2e) may be used.

Transport and thermodynamic parameters

Various parameters for mass transfer, such as the gas-liquid
and liquid-solid mass-transfer coefficients, along with phase
distribution parameters such as the corresponding interfacial
areas, were previously identified and their ranges mapped in
the Generic Transport Parameter Maps. Similar maps can be
developed for the heat transport parameters in a reactor, such
as the overall heat-transfer coefficient and the heat-transfer
area (Figures 4a and 4b). The overall coefficient for a jack-
eted vessel can range from about 50 to 1,000 W/m?-K,
whereas it ranges from about 100 to 2,000 W/m?2-K for a
shell-and-tube heat exchanger, and can be as high as 5,000
W/m?2-K in a three-phase fluidized bed. Similarly, the heat-
transfer area in a jacketed vessel is low, about 0.4 to 4 m?/m?®
reactor, whereas it can range from 5 to 500 m? in an external
shell-and-tube heat exchanger. Another characteristic of a
heat-transfer scheme is the heat load that it can handle (Fig-
ure 4c). Depending on the exothermicity of the reactions in-
volved, the heat generated in an exothermic reactor can range
from about 10% to 2x10% W/m?® reactor volume. The heat
load which can be removed using an internal heat-transfer
scheme is low. For example, it ranges from 10° to 105 W/m?®
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Figure 4. Overall heat-transfer coefficient, heat-transfer
area, and the heat load capacity for different
heat-transfer schemes.
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reactor volume using internal coils. The boiling reactor per-
forms much better, and can remove a heat load ranging any-
where from 10° to 105 W/m?® reactor volume. The external
heat exchanger, in theory, has no limitations on its size and,
hence, can handle much higher heat loads. In practice, this
may lead to an unacceptably large recirculation stream.

Generic Multiphase Reactor Model

In this synthesis procedure, the reactor model is not meant
to simulate the reactors in details; rather, it distinguishes be-
tween different reactors and reactor parts, based on the
aforementioned attributes. Any model which can represent a
broad class of reactors from trickle beds to slurry reactors
may be used. Network models are computationally tractable,
and, hence, popular for reactor modeling (Wen and Fan,
1975). For example, Mann (1986) used a network of stirred
tanks to represent a single agitated tank, while Ramachan-
dran and Smith (1979) used it to represent a trickle-bed reac-
tor. Dassori (1998) recently used a modified tanks in series
model to represent a three-phase slurry reactor. A network
model accounting for interphase mass-transfer serves as the
generic model in this study.

Figure 5 shows some example networks which can be used
to model the flows of the gas, liquid, and solid phases in a
multiphase reactor. Figures 5a, 5b, and 5c are the three basic
units, or cells which describe the varying degrees of mixed-
ness of the gas and liquid phase in the reactor. Additional
basic units may be considered to represent situations such as
a stagnant zone of fluid (Deans and Lapidus, 1960; van Swaaij
et al., 1969), or a nonuniform radial distribution of fluid
(Hanika et al., 1978). Although such details provide a better
representation of the reactor residence time, they introduce
mathematical complexity that may be unnecessary at such a
preliminary stage of reactor synthesis. Figure 5d shows the
basic unit for representing either internal or external heat
transfer in the reactor model, while Figure 5e represents a
device for the selective removal of one or more components
from the reaction mixture. These five basic units can be in-
terconnected in various ways to yield reactor networks of
varying complexity. Figure 5f shows a reactor with the gas
and liquid being axially dispersed, and an internal heat-trans-
fer device. Figure 5g shows an N-cell network with a well-
mixed liquid phase and a gas phase in plug flow in each cell,
an interstage injection of gas, and no heat-transfer arrange-
ment. N can vary from one to a high number so as to allow a
representation of a mixing pattern ranging from well-mixed
to plug flow in the reactor. Figure 5h represents an N-cell
network with well-mixed gas and liquid phases and an inter-
nal heat-transfer arrangement in each cell. There is also a
recycle for both phases. By adjusting the recirculation ratios,
the mixedness of the gas and liquid phases can be independ-
ently varied over a wide range, from relatively plug flow to
relatively well-mixed. Finally, Figure 5i represents a reactor
with interstage, as well as external heat transfer. An advan-
tage of network models is that it is possible to switch from
one network to another as the screening procedure proceeds,
without too much additional modeling effort. For example,
starting with the network shown in Figure 5h, which features
an internal heat-transfer arrangement, it is easy to change

AIChE Journal

e T 1=
G— LG G G
(a) ®
= s
G G
© (d)
r

© )

o o=k _*:::TB'*’G

o
__._,...__)MTL

P
}
l
}

o

.
©f
|

G

Lt ol
o G__*OL::@&OLD:;;;@@O_*;

Figure 5. Examples of network models for reactor simu-
lation.

to an interstage heat-transfer arrangement instead. Such
changes allow us to evaluate the effect of different heat-
transfer arrangements on reactor performance, and will be
illustrated in the examples in a later section.

Let us consider a multiple reaction scheme involving gas-
liquid, liquid-liquid or gas-liquid-solid (catalytic) reactions

k=1,...,R (1)

ZvikAi=0
1

Each reaction may be reversible in general, and is associated
with a heat of reaction A H,. Assuming that some basic infor-
mation such as estimates of activation energies, gas solubili-
ties, diffusion coefficients, and so on is known about this re-
action scheme, our task is to synthesize alternative reactor
types that are appropriate for the reaction under considera-
tion. After the network model has been chosen by intercon-
necting some of the basic units of Figure 5, the set of equa-
tions for simulating such a network can be compiled using
standard heat and mass balance equations for each cell and
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mixing point in the network, as well as for transfer across the
gas-liquid and liquid-solid interfaces. The resulting system of
equations describes the concentrations of all species and
temperature throughout the network. Thus, for a one-dimen-
sional steady-state reacting system, the bulk phases can be
described by the following general equations

d?c dc
F'E'C'T;Z'a'ﬁ =0 )
d?T dT

g dZZlE’C’T;Z’a’B =0 (3)

with the appropriate boundary conditions. Here, c is the vec-
tor of concentrations of all the species in all the phases, T is
the vector of temperatures in all the phases at all the points
in the network, « is the vector of phase distribution at-
tributes such as g, €., €5, a and ag, and B is the set of
transport and thermodynamic parameters such as k, kg, H;,
D;, U and a,,. The general equation can be greatly simplified,
depending on the structure of the chosen model. For exam-
ple, for a gas-liquid system, represented with only well-mixed
tanks with internal heat transfer, and no reaction in the gas-
liquid film, the model equations are nonlinear algebraic
equations.

In addition to the network model for representing the flows
of the three phases, the two film theory (Lewis and Whitman,
1924) is used to model gas-liquid interface transport. Thus,
the cells in Figures 5a to 5c represent the mixedness only in
the bulk of the gas and liquid phases, not in the films. The
liquid-solid mass transfer is modeled using a mass-transfer
coefficient, which is usually correlated in terms of the
Reynolds and the Schmidt numbers (Dharwadkar and
Sylvester, 1977; Nienow, 1975). For reaction within a catalyst
pellet, an intraparticle diffusion resistance may lead to a
nonuniform concentration profile within the catalyst. In that
case, the model will include the differential equations de-
scribing the simultaneous diffusion and reaction of the chem-
ical species within the catalyst, or an approximate solution
involving the catalyst effectiveness factor.

Sensitivity analysis

An integral part of this screening procedure is a sensitivity
model which accompanies the reactor model. The relative
impact of the different variables and model parameters on
reactor performance can be assessed. The direct differential
method (Rabitz et al., 1983) is used for the sensitivity model,
which involves sensitivity equations obtained by differentiat-
ing Egs. 2 and 3, with respect to the parameter of interest «;

( af ) d?s; ( of ds;
- —_— [ — —
ac” a, BT dz? ac’ a, BT dz

2
+| — S+ | — =
9¢)wpr’ \ 00 ) e g
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( a9 ) d’s| (g ) ds/
—_— + | — —_—
aT" a, B¢ dz? ((7T’ a, B.c dz

0 J
2] sju(—g) —0
T ) a.p.c 9% | tiv e g T

The vectors of sensitivity coefficients are defined as
Jc T JT
s;j=|— | and s=|— (6)

Although some of the transport parameters ( ) may de-
pend on phase parameters (a), they are treated as mathe-
matically independent in the sensitivity analysis for two rea-
sons. First, a correlation between two such parameters that is
generally applicable to all multiphase reactors is often not
available. For example, there exists a correlation which shows
how the solid-liquid mass-transfer coefficient kg (m/s) in-
creases with decreasing particle size in a stirred tank, but it is
not applicable for a trickle-bed reactor. Second, treating the
two parameters as independent does not affect the conclu-
sion of the screening procedure. This is because the depend-
ency is implicit in the Generic Transport Parameter Maps
described earlier. For example, consider a case where the
sensitivity model predicts an improvement in the reactor per-
formance with a higher kg, but does not indicate a high sen-
sitivity to d, because the two parameters were not correlated
in the model. The screening procedure will then guide the
user to a slurry reactor which has better mass-transfer char-
acteristics than a packed reactor, and, which incidentally uses
particles with a smaller d,. Obviously, if a correlation be-
tween certain transport and phase distribution parameters is
available, it should be incorporated explicitly into the reactor
and sensitivity model.

The solution of the sensitivity equations (Eqgs. 4 and 5) gives
us the sensitivity of the concentrations and the reactor tem-
perature to the reactor parameters. Usually, a more useful
performance index, such as the conversion, selectivity, or
total cost, is desired. For single irreversible reactions, the
productivity of the reactor is determined by the amount of
reactant converted in the reactor. The reactant conversion is
thus an appropriate performance index, because maximizing
the conversion is equivalent to minimizing the reactor size
for a given production rate. For multiple reactions, however,
the product distribution, or more specifically, the selectivity
to the desired product, is the overriding concern. Kondelik
(1982) showed that, only for a very inexpensive raw material,
a very expensive reactor, or a very low production rate will
the reactor cost be more significant to the raw material cost.
In process synthesis, although the ultimate objective is always
to minimize the cost of the total plant, it is common to opti-
mize subsets of the plant, such as the reactor, or the reactor
plus the separation system, individually. The appropriate per-
formance index is different, depending on the focus of the
synthesis procedure, and some guidelines for selecting the
performance index are summarized in Table 2.

If the chosen performance index can be written as a func-
tion of reactor concentrations and temperature, the parame-
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Table 2. Guidelines for Choosing a Performance Index
During Reactor Synthesis

e |f possible, use the total cost of the complete plant as the
performance index.

e For multiple reactions, the conditions for maximum selectiv-
ity often run contrary to those for maximum conversion. If
the unreacted reactant can be separated and recycled
cheaply, use selectivity as the sole performance index. Else,
use the yield of the product (based on the total amount of
key reactant charged) as the performance index.

® [or reactions with expensive catalysts (or with catalysts which
deactivate rapidly), include the catalyst cost (or the catalyst
regeneration costs) as part of the performance index.

® For systems where the recovery of the product, byproducts,
reaction solvent or catalyst is expensive, include the cost of
the corresponding separation system as part of the perform-
ance index.

e For reactions requiring expensive materials of construction
for the reactor such as titanium, include the reactor cost as

part of the performance index.

ters @ and B, and some other variables q,

P=P(c,T;a,B,q) )

then the sensitivity of the performance index ‘I’(aj) can be
obtained as

o [ aP P
da;  \ac aT

§j

JP JP aq
*a*(a—q)(a—%) ®

Here, g includes all the external variables required to relate
the performance index to the concentrations and the temper-
ature, and may depend on « and B. For example, if the
performance index is taken to be the reactor cost, P depends
on the reactor volume which, in turn, depends on the reactor
effluent concentrations for a given conversion. In this case, q
would include parameters which reflect the cost of construc-
tion and auxiliary equipment for the reactor.

The sensitivity coefficients are normalized using the maxi-
mum expected variation in the parameter value. This allows a
comparison of the sensitivity coefficients on an equal basis

— P

\I,(aj) (9( aj/A aj,max) \I,(aj)Aaj,max (9)
Here, Aa; 1, is the maximum expected range of «;. Thus,
the larger the magnitude of the normalized sensitivity coeffi-
cient, the more impact it has on the performance index. When
the sensitivity coefficients are negative, the performance in-
dex increases with a decrease in the parameter value. For
positive sensitivity coefficients, the performance index can be
improved by increasing the value of the corresponding pa-
rameter. The generic reactor and sensitivity model are illus-
trated below for a multiple gas-liquid reaction scheme.

Model Illlustration

Let us consider a network of N isothermal well mixed tanks
in series. There are mg reactants present in the gas feed, m_
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Figure 6. Stirred-tanks-in-series flow model with a
film-theory model for the gas-liquid contact.

reactants in the liquid feed, and m, products of reaction in
the liquid. The gas-liquid mass transfer is modeled using the
stagnant film theory. We assume that the reactions take place
only in the liquid phase and that the gas phase presents a
negligible resistance to mass transfer. We further assume that
the liquid phase is of a constant density and that the liquid
reactants and products are nonvolatile. The network and the
gas-liquid interface is shown in Figure 6. For each cell, we
have the bulk gas-phase material balances, the bulk liquid
phase material balances, and the differential equations de-
scribing the diffusion and reaction of the chemical species
through the liquid film. Gas-phase material balances for the
species i in the jth cell are as follows

_ . D; \(dL{ (i)
Fe(Gi(i—1)—Gi(j))+Vk_a D Tax |, 0

i=1,...mg (10)

Here, G;(j) is the gas-phase concentration of the ith gaseous
species; L{(j), the concentration of the ith gaseous species
in the liquid film, is a function of the dimensionless distance
X in the film given as

X=— (11)

D; is the diffusion coefficient of the ith gaseous species in
the liquid phase (m2/s). D, is the diffusion coefficient for the
primary gaseous component, which is used to define the
mass-transfer coefficient as

Da

k, =
L 5L

(12)

Thus, throughout this article, k, refers to the mass-transfer
coefficient (m/s) for the primary diffusing gaseous species.
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The mass-transfer coefficients for any other species, such as
the ith gaseous species, is given simply by k,(D;/D,).

For the mg gaseous species diffusing through the liquid
film, the steady-state material balance is given by

DX

Dik¢

d2Lf(j)
dXx?

®f()) i=1,....mg (13)

where ®,'(j) is the rate of consumption of the ith gaseous
species per unit volume of the liquid film, obtained by sum-
ming over all the reactions in the reaction scheme. One
boundary condition for Eqg. 13 is obtained by specifying the
conditions at the interface, while the other is obtained by
specifying the concentration of the gaseous species in the lig-
uid bulk L;(j). Thus,

|—if(j)=
Lif(j)= Li(i)

G(i
# at X=0 i=1,...,mg (14)

at X=1 i=1,...,mg (15)

We have similar equations to describe the diffusion and
reaction of the m_+ m,; liquid reactants and products in the
liquid film

d2Lf(j D2 )
() = ( D (I)if(J)

e K2

i=mg+1,....,mg+m_+my (16)
with boundary conditions

ai(i)
dX

0 at X=0

i=mg+1,....mg+m_+mp (17)
LI()=Li(j) atX=1
i=mg+1,....mg+m_+my (18)
where L;(j) is the concentration of the liquid reactant or
product species in the liquid bulk.

The bulk liquid-phase mass balances for the dissolved
gaseous and liquid reactants, and the liquid products are

_ _ D; \ [ dLf(i)
FL(Li(j—l)_Li(J))_VkLa(D_A)( dx )

aD,

_V€L(1_ )(I)i(j)zo

€.k

i=mg+1,....mg+m_+m, (19)

®,(j) is the rate of consumption of the ith species per unit
volume of the bulk liquid phase. This is obtained by summing
the rate expressions for each species over all the reactions in
the reaction scheme. Equations 10 to 19 represent a system
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of mg+ m_+mp coupled ODEs, with the corresponding
2(mg + m_ + mp) boundary conditions for each cell. The
boundary value problems may be numerically solved by the
shooting method. The entire network can be simulated by
progressively solving the system of equations for each cell.
The above model is used as the generic reactor model for
Examples 1 and 2 later in this article.

Equations 10 to 19 can be easily simplified to the case
where reaction in the liquid film is negligible. (For example,
see Kelkar and Ng (1998) for such a model, although the
gas-liquid reaction is catalyzed by a solid.) Under these con-
ditions, we can write an overall energy balance for the jth
cell as follows

(FLpCL+ FepsCo)(T(i—-1)—T()))

W [ D) [ Gi(i) .
+VkLai21(a) Ti_l-i(]) AH; aps
R
+Ve Y, O, ())AH, = > Q. =0 (20)
k=1

where AH, ¢ is the heat of absorption for the ith gaseous
reactant, AH, is the heat of reaction for the kth reaction,
0,(j) is the rate of the kth reaction per unit volume of the
liquid phase in the jth cell in the network, and YQ,,, ac-
counts for the heat transfer due to all heat-transfer arrange-
ments. Here, the heat of gas absorption is assumed to be
released in the liquid bulk. All the phases in each cell are
assumed to be at the same temperature, and the thermophys-
ical properties of the reaction medium are assumed to be
constant. The above model, with inclusion of heat effects, but
no reaction in the film will be used in Examples 3 and 4.

Sensitivity model

The sensitivity model for the isothermal reactor is obtained
by differentiating the reactor model (Egs. 10 and 13 to 19)
with respect to the parameters of interest. The parameters
we may like to consider include the transport and thermody-
namic parameters (kg, k., kg, H;, D;, and so on), the phase
distribution attributes (eg, €, €5, 8, a5, and so on), the reac-
tion rate constants k,, and the temperature. For example,
with k, as parameter, the sensitivity equations are as follows

Gas Phase
. . D; dsif(j)
FG(SF(J—l)—SiG(J))+VkLa(D—A( o~ )x1

D; \ [ dL()) .
+Va| — =0 i=1,...,mg (21)
Dj dXx X1
Liquid Film (Gaseous Species)
d?s{(j) DX DX
: = DI(j)-2 PDi(j
v DK i (1) DK i (J)
i=1,....mg (22)
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with boundary conditions

Sif(j)=Si|_(|‘j) at X=0, i=1,...,mg (23)
sf(D=s-(j) atX=1, i=1,...,mg (24)

Liquid Film (Liquid Reactants and Products)

DA

Dik{

DA

Dik{

d2sf(j) _
dx?

@' (j)-2 ®/(j)

i=mg+1,....mg+m_+my (25)
with boundary conditions

ds{ () _
dX

0 at X=0

i=mg+1,....,mg+m_+mp (26)
si(i)=si(j) atX=1

i=mg+1,....mg+m_+mp (27)

Bulk Liquid Phase (Reactants and Products)

D; \ [ ds/ (]
FL(SiL(j_l)_SiL(j))_VkLa(D_/-I\)( S(Ij;J))X—l

D; \(dL/(j D, )
ol )|, el o

ve [ 222 o (i) =0
—Ve| 7 ()=

L™L

i=mg+1,....,mg+m_+mp (28)

Screening Method

This screening procedure is applicable to a gas-liquid, lig-
uid-liquid, or gas-liquid-solid catalytic reaction. The following
scenario is considered. The proposed reaction is being inves-
tigated by the chemist in a laboratory reactor such as a
bench-scale reactor or a microreactor. The information re-
garding the chemistry and kinetics of the reaction is likely to
be incomplete, and may be unreliable as well. It is assumed,
however, that the molar ratio of the reactants and an approx-
imate reaction time for the primary reactants is known. Addi-
tionally, the reaction scheme with approximate rate expres-
sions has been identified. An estimate of the heat of reaction
is available. The phases involved at the temperature and
pressure of the reaction, as well as the composition of the
reactor feed is known. Some desirable physicochemical prop-
erties of the reaction mixture can also be estimated, such as
the solubilities of gaseous reactants, diffusivities in the liquid
phase as well as in the catalyst pores as in the case of a solid
catalyzed reaction, and so on. The production rate has been
specified.
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Laboratory Reactors Performance Preliminary
and Other Index Conceptual Design
Experiments (Table 2) of Entire Plant
Phase Volume Heat Transfer Transport Reactor Geometry
Fraction Maps Parameter Map Parameter Maps and Topology
(Figure 2) (Figure 4) (Figure 5) (Fig. 3, Fig. %)
Phase Constituent Reactor
Distribution Parts Selection Topology
Selection Rules Rules Selection Rules
Generic Reactor
Model
(Figure 5, Figure 6,
Hq.23) Thermodynamic
Data Base
Sensitivity
Model
(Eq. 4-5)
Recommendations Feasibility Check
for Additional ol
Experiments Flow-Regime
Maps
(Figure 8)
L__| Correlations for
Transport
A Multiphase Reactor Parameters
with Jusitified (Table 1)
Atiributes for Further
Development

Figure 7. Algorithm for the reactor screening/synthesis
procedure.

Italicized text refers to the figures and tables in Kelkar and
Ng (1998).

The task of the screening procedure is to identify the dom-
inant variables affecting the performance of the reactor, and
suggest reactor types suitable for further process develop-
ment. The procedure was previously described for single,
isothermal reactors. The procedure for multiple reactions
with heat effects, summarized in Figure 7, is discussed below.
It can be suitably modified by the user for situations different
from the one described here, and in light of the information
that the user may or may not have.

Step 1: Using the heuristics given in Table 2, select the
appropriate performance index for screening.

Step 2: Set Up the Generic Reactor Model.

(a) Using all known information concerning the reaction,
select a suitable network model such as those shown in Fig-
ure 5. If selectivity is the desired performance index, the in-
terconnections in the network model may be selected using
the heuristics in Table 3. For example, for a parallel reaction
scheme where the order of the desired reaction is lower than
that of the undesired reaction, heuristic 3a in Table 3 sug-
gests that an interstage addition of the corresponding reac-
tant would improve selectivity. This should therefore be
included in the network model. For reaction schemes where
such heuristics cannot be easily applied, choose a network
model having a complexity commensurate with the accuracy
of the available reactor parameters and reaction kinetics.

(b) In general, all possible heat-transfer arrangements
shown in Figure 3 are included as part of the network. The
appropriate ones are activated as the screening proceeds. For
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Table 3. Heuristics for Enhancing the Selectivity for
the Basic Gas-Liquid Reaction Schemes*

(1) Selection of flow type (N in the Reactor Network)

(a) For parallel reactions, if the main reaction is of a higher
order in a certain reactant than the side reaction, plug
flow gives a higher selectivity; if it is of lower order,
mixed flow gives a higher selectivity.

(b) For consecutive reactions, if the desirable product is an
intermediate, plug flow always gives a higher selectivity
than mixed flow.

(2) Effect of Mass-Transfer Limitations (Gas-Liquid-Interface
Generating Device)

(a) For parallel reactions, if the main reaction is of a higher
order in a certain reactant than the side reaction, the
selectivity decreases with increasing mass-transfer limi-
tations for that reactant. Hence, operate in the kinetic
controlled regime. The reverse is true when the main
reaction is of a lower order than the side reaction.

(b) For consecutive reactions, if the desirable product is an
intermediate, the selectivity increases with increasing
mass-transfer limitations.

(3) Concentration of Primary Reactant (Feed Concentration
and Distribution)

(a) For parallel reactions, if the order of the main reaction
is higher than that of the side reaction, a higher con-
centration enhances selectivity, and vice versa.

(b) For consecutive reactions, if the desirable product is an
intermediate, a higher reactant concentration enhances
selectivity.

(4) Temperature of Operation (Heat-Transfer Topology) (Con-
sidering the Temperature Effect only on the Reaction Rate
Constants)

(a) For parallel or consecutive reactions, if the activation

energy of the main reaction is greater than that of the
side reaction, operate at the highest acceptable temper-
ature, irrespective of the type of the reactor, or the
level of conversion.
For parallel or consecutive reactions, if the activation
energy of the main reaction is less than that of the
undesired reaction, the selectivity increases with de-
creasing temperature; hence, operate at a temperature
which gives the best tradeoff between conversion and
selectivity.

(5) Level of reactant conversion
(a) For parallel reactions if the main reaction is of a lower

order in a certain reactant than the side reaction, the
selectivity increases with increasing conversion of that
reactant, and vice versa.

(b) If the desirable product is an intermediate in a consec-
utive reaction, the selectivity decreases with increasing
conversion.

(b

=

*Following the recommendation of the Working Party on Chemical Reac-
tion Engineering, E.F.Ch.E. (Villermaux, 1984), selectivity is defined as
the ratio of the amount of key reactant converted to desirable product to
that converted to undesirable product.

example, if a phase change occurs in the reactor (such as, if a
component has a bubble point which is lower than the tem-
perature of operation), then the corresponding heat-transfer
topology (Figure 3d) has to be activated.

(c) Select a model for gas-liquid interphase transport. For
gas-liquid reactions, an analysis of the Hatta number (for ex-
ample, Ha=\/kDA/kﬁ for a reaction which is first order in
the concentration of gaseous reactant A; see Westerterp et
al. (1984) for a more general definition) may be used to de-
cide whether a simultaneous solution of the diffusion-reac-
tion equations close to the gas-liquid interface is necessary;
else, only reactions in the liquid bulk need be considered.
For heterogeneous catalytic reactions, also select a suitable
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model for the liquid-solid interphase transport and the trans-
port within the porous catalyst.

(d) Alternatively, use a generic model which reflects the
laboratory or existing production reactor.

(e) Set up the reactor model (Egs. 2 and 3) for the generic
reactor network created above.

Step 3: Set Up the Sensitivity Model.

(a) Identify a set of parameters with respect to which the
sensitivity analysis is to be carried out.

(b) Set up the sensitivity model (Egs. 4 to 9).

Step 4: Generate a Base Case.

(a) Assign base case values for the gas, liquid and solid
holdups, the mass-transfer coefficients and interfacial areas,
and the various heat-transfer coefficients and heat-transfer
areas. If selectivity is the chosen performance index, the
heuristics given in Table 3 may be used to identify whether
the base case values for some reactor parameters such as the
mass-transfer coefficients should be chosen from the higher
or the lower end of their ranges. However, a good base case
reactor, while helpful, is not critical because the screening
procedure will eventually lead to the best reactor type. Addi-
tionally, choose a temperature for the feed(s) and for the
heat-transfer medium.

(b) For the examples in this article, the reactor screening
is carried out on the basis of a known liquid residence time,
which is fixed throughout the screening. From the production
rate and the liquid residence time, estimate a base case reac-
tor volume. Also, assign the base case values for all other
parameters in the model, such as the number of stirred tanks
in series, choice of internal or external heat-transfer device,
and recycle ratios for various streams, if any. The heuristics
given in Table 3, if appropriate, may again be used to help
choose the values for some of these parameters. Although
several heat-transfer arrangements are included in the reac-
tor model, it is recommended that the base case be chosen to
be adiabatic, that is, without activating any heat-transfer
scheme. This way, if the performance predicted in Step 5 be-
low is satisfactory, then the reaction can be carried out adia-
batically.

(c) Alternatively, if an existing laboratory or production re-
actor is used in Step 2d above, use the corresponding param-
eter values as the base case.

Step 5: Screen the Parameters.

(a) Determine the predicted reactor performance, as well
as the sensitivity coefficients for the chosen generic reactor.
With the base case being adiabatic, examine the temperature
change across the reactor. If the temperature change is unac-
ceptable, or if the performance index is sensitive to tempera-
ture, select a suitable heat-transfer scheme as part of the re-
actor network.

(b) Identify the parameter with the highest magnitude of
sensitivity. This is the dominant parameter. If the sensitivity
coefficient is positive, increase the parameter value to mini-
mize the limitations due to this parameter. As the parameter
value is increased in successive iterations, the sensitivity of
the performance index to this parameter decreases, until
eventually, some other parameter begins to dominate.

(c) If the sensitivity coefficient is negative, decrease the
parameter value. This may make the sensitivity to that pa-
rameter more negative in the next iteration. In this case, de-
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crease the parameter value until some other parameter is
more dominant, or until some other overriding considera-
tions are encountered. For example, for consecutive gas-liquid
reactions, if the desired product is the intermediate, the se-
lectivity increases with decreasing gas-liquid interfacial area
a (Table 3, heuristic 2b). However decreasing a too much
may lead to an unacceptably low conversion. Steps 5a to 5c¢
are continued until the performance index is sufficiently high,
or it is no longer sensitive to any of the chosen alterable reac-
tor parameters.

(d) As the parameter values are adjusted, two types of
constraints should be recognized. A hard constraint such as
(eg + €5 + € >1) is unacceptable and has to be avoided. A
soft constraint is one in which the parameter values do not
conform to those of a conventional multiphase reactor and is
resolved by changing two or more parameter values simulta-
neously. For example, consider a base case that begins with a
single reactor with a dispersed solids phase, and an internal
heat-transfer scheme. The screening procedure has reached a
point where the performance index (such as the selectivity to
the desired product) is dominated by reactor temperature.
The sensitivity coefficients indicate that the selectivity can be
improved by lowering the reactor temperature, and, thus, by
increasing heat removal from the reactor. This can be
achieved by increasing the value of the available heat-trans-
fer area. However, the current conditions are those of an in-
ternal heat-transfer device and there is an upper limit to its
area. This soft constraint can be resolved by switching from
an internal to an external heat-transfer topology, and, simul-
taneously, increasing the heat-transfer area.

Step 6: Identify Reactor Type and Constituent Parts.

(a) From the phase holdup values at the end of the screen-
ing procedure, identify the phase distribution in the reactor;
from the values of the mass-transfer coefficients and interfa-
cial areas, identify the type of gas-liquid interface generating
device (see Kelkar and Ng, 1998). Similarly, from the type of
heat-transfer coefficients, heat-transfer areas, and the heat
loads handled (W/m?®), identify the type of heat-transfer
scheme, and the corresponding constituent parts (Figure 4).

(b) Based on the heat-transfer scheme as decided above,
and the value of the parameter N (that is, the number of
tanks in reactor model), decide whether to use a single reac-
tor, or multiple reactors arranged in a network. For example,
consider a reactor with N =5, a dispersed solid phase, a high
gas-liquid mass-transfer coefficient, and an internal heat-
transfer device. These can be translated into the following
alternatives: (a) a cascade of stirred tanks in series with a
cooling jacket or coils for each tank; (b) a (single) tray col-
umn, with cooling coils on each tray; or (c) a tower reactor
with cooling coils along the length of the tower. The final
choice can be made after a more detailed modeling and cost
analysis. Obviously, other things being the same, a single re-
actor would be much cheaper than a cascade of reactors.

(c) Note that the parameter values may be such that step b
above may lead to a reactor type not conventionally ob-
served, or even a reactor with mutually conflicting parameter
values (soft constraints). In such a case back up to the last set
of parameter values resulting in a feasible reactor or a new
reactor configuration.

In Steps 7 and 8, we verify the flow regime and check for
reactor feasibility. This has been described previously, and is
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not repeated here. The screening procedure is illustrated with
the following examples.

Examples

The first two examples deal with maximizing the selectivity
under isothermal conditions. The next two examples examine
the selectivity to the desired product, while taking into ac-
count the heat effects in the reactors. The reactions are ficti-
tious, but the data used are close to those for the real reac-
tions identified in each example.

Example 1: isothermal consecutive-parallel reaction scheme

Consider the following reaction scheme, where the gaseous
species A undergoes a liquid-phase reaction with the liquid
reactant B. The desired product P further reacts with B to
form the undesired byproduct X. The scheme is thus a con-
secutive reaction scheme with respect to A and a parallel
scheme with respect to B

A(g) A(')

ky
Ag+ Byy—P, Rate= klA(UB(l)

k2
Bgy+ Piy— X,y Rate=Kk,B, P,

A similar scheme has been observed in the ethynylation of
formaldehyde to butynediol (Kale et al., 1981), with P being
an intermediate (propargyl alcohol), and X being the prod-
uct (butynediol). Similarly, the CO,—monoethanolamine sys-
tem is known to proceed according to such a reaction scheme.
For a detailed analysis of the selectivity issues in the scheme,
see Brian and Beaverstock (1966).

Step 1: The overall selectivity to P, given in this case by
the ratio [amount of P formed]/famount of X formed], is
chosen as the performance index during screening.

Step 2: Generic Model. The rate expressions for the reac-
tions are as shown above. A network of N well-mixed tanks
in series is chosen as the flow model. The gas-liquid mass
transfer is modeled using the stagnant film theory. The mod-
eling of this network was illustrated earlier (Egs. 10-19). No
heat-transfer topology is incorporated into the model at this
stage. Example 3 will illustrate the screening procedure for a
similar reaction scheme with heat effects.

Step 3: Sensitivity Model. The parameters of interest are
k., a, ki, k, and €. The sensitivity model for the parameter
k., was given earlier (Egs. 21 to 28). The sensitivity of the
performance index (selectivity, P/X) to the parameter k, is
related to the concentration sensitivity coefficients as follows

[Lx(N)sk(N)— Lp(N)sE(N)]
[Lx(N)]

V(k, )= (29)

The sensitivity coefficients with respect to the other parame-
ters can be set up similarly. The reactor model and sensitivity
equations are solved simultaneously for every parameter.
Step 4: Generate Base Case. The input data for this exam-
ple, typical values for gas-liquid reactions, are summarized in
Table 4. The base case is chosen to be a bubble column reac-
tor, with a gas and liquid holdup of 0.3 and 0.7, respectively.
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Table 4. Base-Case Parameters for Example 1

Fs  0.04m%s ke 5X107° m/s
F.  0.0015m%s D, 1X107° m?ss
7. 200s Dg 1.2Xx107° m¥ss
e 03 Dp, Dy 0.5X107° m?ss
e 07 Feed Conditions

k, 0.02m%mol-s Ga 40 mol/m?*

k, 5x107°m¥%mol-s Lg 1,000 mol/m?®
Hy 0.2 (mol/m°*)gAmol/m®), L, Lp, Ly 0mol/m?

The liquid phase has a residence time of 200 s, which will be
kept constant throughout the screening procedure.

Step 5: Screen Parameters. The sensitivity coefficients are
calculated for each set of parameter values, and, depending
on the dominant coefficients (shown in bold), the parameter
values are changed suitably. This process continues until the
selectivity is no longer very sensitive to any alterable parame-
ter, or until the resulting reactor is infeasible. The results are
shown in Table 5. The leftmost column shows the iteration
number. For each iteration, the numbers in alternate columns
indicate the parameter values and the normalized sensitivity
coefficient ¥ of the selectivity ratio P/X to these parame-
ters. For comparison, the yield of P, defined as [amount of P
formed]/famount of B charged at the reactor inlet], is shown
in column 3. The reactor corresponding to the parameter val-
ues at each iteration is shown in the far right column. In the
first iteration, the selectivity ratio is a little over unity, which
indicates that a lot of byproduct is being produced. Examina-
tion of the sensitivity coefficients reveals that ¥(a) is the
highest, followed by W(k,), indicating that the overall pro-
cess is limited by the gas-liquid mass transfer. Note that ¥(e, )
is negative, implying that the selectivity will improve with a
decrease in liquid holdup. In iteration 2, a is increased to
1,000 m2/m?, and k, to 1x10~* m/s. Each parameter change
is shown by a vertical arrow in the table. The selectivity im-
proves to 4.75. The dominant sensitivity coefficients are (e, )
(at —4.8) and ¥(a) (at 4.3). Therefore, in iteration 3, the
liquid holdup is decreased to 0.3 to correspond to a liquid
phase in the dispersed state, such as in a spray column. Si-
multaneously, a has to be decreased to the normal range of
values observed in a spray column. A value of 500 m2/m3,
which is high for a spray column, may be achieved by employ-
ing multiple spray nozzles. Iteration 3 shows some improve-
ment in the selectivity ratio (5.1). ¥(a) and W(¢ ) are both
high, indicating that the selectivity can be improved by de-
creasing the liquid holdup and increasing the interfacial area.
In iteration 4, we increase a to 1,500 m?/m® and decrease ¢,
to 0.2. The selectivity ratio is now 7.2, which is a considerable

improvement over the base case reactor. The yield of P has
also correspondingly gone up from 0.51 to 0.88. In iteration
4, the highest sensitivity coefficients are those related to the
rate constants, which cannot be changed since temperature
effects are ignored in this example. Also, the values of k,_
and €_ are close to their limits. The screening procedure is
therefore terminated.

Step 6: Identify Reactor Type. The parameters in iteration
4 show that the desired reactor will have a low liquid holdup
and a high gas-liquid mass transfer coefficient and interfacial
area. The liquid holdup in iteration 4 corresponds to that
observed in a packed column. The high interfacial area (1,500
m2/m3) may be achieved by operating in the spray regime.
This is therefore recommended as the reactor for further
consideration.

Steps 7 and 8: Flow Regime and Feasibility Check. The gas,
liquid, and solid holdups used in iteration 4 are 0.3, 0.2, and
0.5, respectively. For a liquid residence time of 200 s, these
correspond to a reactor volume of 1.5 m3. Choosing a column
height to diameter ratio of 20, the gas and liquid mass veloci-
ties are found to be 0.975 kg/m?-s and 7.314 kg/m?-s, re-
spectively. From the flow regime map of Turpin and Hunt-
ington (1967) for a cocurrent upflow packed reactor, the
regime of operation is indeed found to be a spray flow regime,
as assumed in Step 6 above. For cocurrent downflow packed
beds, Reiss’ (1967) correlation for the mass-transfer coeffi-
cient k, a is well known. For cocurrent upflow operation in
the spray regime, Charpentier (1981) approximates k, a to be
two times that obtained by using the above correlation. Using
this approach, a k, a of 0.18 s™! is obtained for the gas and
liquid velocities under consideration. This is comparable to
the one used in the screening procedure: hence, the packed
bed operating in the spray regime is a feasible choice for a
reactor.

Example 2: parallel reaction scheme

Consider the following reaction scheme where the dis-
solved gaseous species A reacts with the liquid reactant B to
form the desired product P as well as the undesired byprod-
uct X

A(g) A(')

Ky
Agy+ Byy—PFy Rate = k; A}, By,

K, ,
2 A(|) + B(|)—>X(|) Rate = k, A(I) B(|)

Table 5. Sensitivity Analysis for an Isothermal Consecutive-Parallel Reaction Scheme (Example 1)

Yield Ky a Ky k, €L Corresponding
P/X of P (mp) T(k) (MY T(a (m¥Ymol-s) T(k) (m¥mol-s) ¥ (k,) ¥ (¢) Reactor Type
5x10°° 300 0.02 5%x10°° 0.7
1 116 o051 I 6.08 V141 0.77 —0.94 _gg  Bubblecolumn
9 1x10~* 1,000 0.02 5%x107° 0.7 Stirred tank
475 081 3.4 ! 43 3.88 -395 | —48 reactor
3 1x10~* 500 0.02 5%x107° 0.3 Spray column with
5.1 0.82 47 I 160 4.84 -495 |  -72 multiple nozzles
4 1x10™* 1,500 0.02 5x10°° 0.2 Packed column
7.2 0.88 0.27 0.6 8.23 —-11.8 —0.37 in spray regime
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Table 6. Base-Case Parameters for Example 2

Fs  0.04m%s ke 4x1075 m/s
F. 0.0015 m%s D, 1X107° m?ss
7. 200s Dg 1x1071% m?s
e 03 Dp, Dy 1x10710 m’s
¢ 03 Feed Conditions

k,  1x1073 m¥%mol-s Ga 40 mol/m?*

k,  1x107*(m%moD?ss Lg 1,000 mol/m?®
Hy 1.0(mol/m¥gAmol/m3®), L, Lp, Ly 0mol/m?

Step 1. The selectivity of P referred to the key reactant
B, defined in this case by the ratio [amount of P formed]/
[amount of X formed], is chosen as the performance index
during the screening.

Step 2: Generic Model. The rate expressions are as given
above. The desired reaction is first order in the concentration
of the gaseous reactant, whereas the undesired reaction is
second order. As before, a network of N well-mixed tanks in
series is chosen as the flow model for the above gas-liquid
reaction system. Applying heuristic 3a, Table 3, to the reac-
tion scheme under consideration, we can see that the selec-
tivity can be improved by keeping the concentration of dis-
solved A at a low level. The network model therefore allows
the possibility of interstage injection of gas. The gas-liquid
mass transfer is modeled using the stagnant film theory. The
model equations are given by Egs. 10 to 19, with an addi-
tional term for the interstage gas injection in the bulk gas-
phase balances. No heat-transfer topology is incorporated into
the model at this stage.

Step 3: Sensitivity Model.  k, a, kq, k,, €, and N are cho-
sen as parameters for the sensitivity analysis.

Step 4: Generate Base Case. The kinetic data for the above
reaction scheme are summarized in Table 6. Following Ex-
ample 1, a packed column operating in the spray regime, with
gas, liquid and solid holdups of 0.3, 0.3, and 0.4, respectively,
is chosen as the base case.

Step 5: Screen Parameters. The values of the reactor pa-
rameters, as well as the normalized sensitivity coefficients of
the performance index to these parameters, are shown in
Table 7. For comparison, the conversion of liquid reactant xg
is also shown in column 3. The rate constants and the corre-
sponding sensitivity coefficients are not shown for reasons of
clarity. In the first iteration, the selectivity is low (P/X = 1.68),
with W(e ) (0.47) being the highest sensitivity coefficient.
Hence, in iteration 2, we change to an operation with liquid
as the continuous phase (e_=0.6). Simultaneously, N is

changed to 1 to reflect the considerable backmixing which
would be present in such a reactor. This improves the selec-
tivity to 2.0. In iteration 2, W(k,), ¥(a) and (e, ) are all
comparable, indicating that a decrease in k,_ and a, and an
increase in €, will improve the selectivity. Therefore, in iter-
ation 3, k. and a are decreased to 1 X 10~* m/s and 400
m2/m?3, respectively, and ¢, is increased to 0.75. This im-
proves the selectivity to 4.2. In iteration 3, ¥(a) is high
(—6.31), indicating that the selectivity can be further im-
proved by decreasing the gas-liquid interfacial area, though
at the cost of liquid conversion xg. Examination of heuristic
3a in Table 3 suggests that an interstage sparging of gas will
lead to a lower concentration of dissolved gas, and, hence, a
higher selectivity. Therefore, in iteration 4, we consider a
five-stage reactor (N =5) with an interstage injection of
gaseous feed. This improves the selectivity to 4.55, while also
increasing xg slightly over that in iteration 3. The selectivity
can be improved further by decreasing k, or a or increasing
€. However, this will require examining the tradeoffs be-
tween conversion and selectivity, hence, the screening proce-
dure is terminated at this stage.

Step 6: Identify Reactor Type. In iteration 4, the parame-
ters correspond to a reactor with a large liquid holdup (e, =
0.75), and a low gas-liquid mass-transfer coefficient (k, a=
0.04 s71). This indicates a gas-sparged reactor with liquid be-
ing the continuous phase. This may be interpreted as a cas-
cade of stirred tanks in series. However, the relatively low
values of k, and a indicate that mechanical agitation may
not be needed. Thus, the reactor in iteration 4 may be con-
sidered to be a bubble column with gas being sparged at 5
different locations along its height. A third alternative is a
horizontal reactor with partitions along its length which ex-
tend over part of the reactor height, with gas being injected
in each compartment, as in the alkylation of isobutane (Lerner
and Citarella, 1991).

Steps 7 and 8: Flow Regime and Feasbility Check. The fea-
sibility check is illustrated for a bubble column reactor with
distributed gas feed. For the holdups used in iteration 4, the
required liquid residence time can be obtained in a reactor of
volume 0.4 m®. Using a height to diameter ratio of 5 for the
bubble column, the gas and liquid superficial velocities are
calculated to be 0.23 m/s and 0.0087 m/s, respectively, at the
top of the column. From the flow regime map for gas-liquid
bubble columns (Ramachandran and Chaudhari, 1983), the
above velocities correspond to churn turbulent flow. Using
the correlation by Akita and Yoshida (1973), the overall volu-

metric mass-transfer coefficient is estimated to be 0.06 s~ 1.

Table 7. Sensitivity Analysis for a Parallel Reaction Scheme (Example 2)

ke _ a _ e« Corresponding

P/X Xg (m/s) v (k) (m™1) v (a) v (e) N Reactor Type

1 4%x10~4 1,200 0.3 5 Packed column
1.68 0.65 -0.17 -0.18 ! 0.47 l in spray regime

? 4x1074 1,200 0.6 1 Stirred tank
2.0 0.59 l —-04 ! —0.45 l 0.56 reactor

1x10* 400 0.75 1

3 42 0.268 _o5 _631 21 . Bubble column

4 1x10~4 400 0.75 5 Bubble column with
4.55 0.272 —-2.6 —-6.4 2.75 interstage gas injection
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This compares well with the value used in iteration 4. Thus, a
bubble column is a feasible reactor choice.

Example 3: nonisothermal parallel-consecutive reaction

Consider a reaction scheme similar to the one in Example
1. Here, the dissolved gaseous species A reacts with B to
form the desired product P. This further reacts with A to
form the undesired product X. The reaction scheme is thus
of a parallel nature with respect to A, and of a consecutive
nature with respect to B. Industrial examples following this
scheme include gas-liquid systems such as chlorination of
paracresol and sulfonation of benzene, and gas-liquid-solid
catalytic systems such as the hydrogenation of 2,6-di-
nitrotoluene to 2,6-diaminotoluene. See Darde et al. (1983)
for a detailed theoretical analysis of this reaction scheme in
gas-liquid systems under isothermal conditions

Agp—Aq — AHp aps
ky

Ay + By ——>P, Rate=k,A;B, —AH,
2

A(|)+ P(|)—>X(|) Rate = k, A(|)P(|) —AH,

Step. 1. The overall selectivity to P, given in this case by
the ratio [amount of P formed]/[amount of X formed] is
chosen as the performance index.

Step 2: Generic Model. A network of stirred tanks in se-
ries is chosen to model the reactions. An analysis of the Hatta
numbers shows that the reactions are too slow for any reac-
tion to occur in the liquid film. Hence, the model for gas-
liquid contact simply uses a gas-liquid mass-transfer coeffi-
cient with a linear concentration profile in the liquid film
(that is, it is not necessary to solve the differential equations
for simultaneous diffusion and reaction). The heat-transfer
topology consists of internal, external, as well as interstage
heat transfer (a combination of Figures 5h and i). The selec-
tion of a particular heat-transfer device in the topology is
determined by appropriate parameters in the model. Arrhe-
nius expressions are used for the rate constants, and the tem-
perature effect on the gas solubility is ignored.

Step 3: Sensitivity Model. The parameters of interest are
k., a Kk;, k,, T and the number of tanks N in the model.

Table 8. Base-Case Parameters for Example 3

Fs 0.04 m%s — AHp s 8%10° I/mol
F_ 0.002 m%s —AH, 4x10* J/mol
7 1,000s —AH,  2x10* J/mol
e 0.3 Feed Conditions

e 07 Ga 35 mol/m?®
k, 6x10%exp(—83,140/®T)m¥mol-s Lg 2,000 mol/m®
k, 5x10%exp(—10%®T)m¥>mol-s Ly, Ly  0mol/m?

H, 0.3 (mol/m®)g/Amol/m®), Tteed 325K

k., 3x107*ms “oolant 300 K

Step 4: Generate Base Case. A single stirred tank reactor
without any heat removal mechanism is chosen as the base
case for this reaction. The feed is assumed to be at a temper-
ature of 325 K, and a temperature of 300 K is assumed for
the coolant stream. The base case parameters are summa-
rized in Table 8.

Step 5: Screen Parameters. The results of the screening
procedure are shown in Table 9. The performance index P/X
and the liquid reactant conversion xg are shown in columns
2 and 3, respectively. The temperature T, is that at the out-
let of the reactor or the reactor cascade. The rate constants
and the corresponding sensitivity coefficients are not shown
for reasons of clarity. In any case, k; and k, can only be
changed indirectly, by changing the temperature. In the base
case, the adiabatic stirred tank has a large increase in tem-
perature (T, = 363 K), leading to a very low selectivity to P
(P/X =0.392). ¥(k,), ¥(a), and W(T) are negative, meaning
that a decrease in the gas-liquid mass-transfer coefficient, the
interfacial area, or the temperature will improve the selectiv-
ity.

Since the temperature sensitivity is the dominant one, iter-
ation 2 considers an internal heat removal scheme for the
reactor. The temperature rise is still significant (T, = 342 K)
and the selectivity is still poor (0.557). Also, an examination
of the reaction scheme shows that a plug flow of B will im-
prove the selectivity to P (heuristic 1b, Table 3). This can be
approximated by using a number of tanks in the model.
Therefore, iteration 3 considers a cascade of five tanks in
series (N =5) with an interstage heat removal scheme. This
brings the reactor close to isothermal operation, with T, be-
ing 325.7 K, but selectivity is still less than unity. The selectiv-

Table 9. Sensitivity Analysis for a Nonisothermal Parallel-Consecutive Reaction Scheme (Example 3)

k. _ a _ Tout _ Corresponding
P/X Xg (mss) (k) mYH ¥ (a) (K) v (T) N Reactor Type
1 3x10°* 1,000 363 1 Stirred tank without
0.392  0.448 —0.043 —0.051 —-0.274 heat transfer
2 3x10~* 1,000 342 1 Stirred tank with
0.557  0.446 —0.055 —0.066 —0.59 l internal heat transfer
3 3x1074 1,000 325.7 5  Stirred tank cascade with
0.65 0.5 l —0.09 ! -0.11 -0.8 l interstage heat transfer
4 1x10~* 400 325.7 1 Sparged column with
1.17 0.34 l —1.48 l —1.48 —2.06 l internal heat transfer
5 4%x107° 200 335.4 5 Packed column
4.66 0.157 —-20.8 —-16.7 —4.6 without heat transfer
6 4%1075 200 325.3 5 Staged packed column
5.31 0.155 —-25 —-6.2 with heat transfer

402 February 2000 Vol. 46, No. 2

AIChE Journal



ity could be improved by decreasing the temperature of the
feed below 325 K, but this is not considered in this example.
Since W(k,) and W(a) are negative, in iteration 4 we de-
crease k, to 1x107% mss, and a to 400 m?/m?, with the
liquid holdup being at the base case value of 0.7. These pa-
rameters correspond to a bubble column type of reactor, and,
hence, N is changed back to 1, to reflect the considerable
liquid-phase backmixing in such reactors. For a reactor with
an internal heat-transfer device, iteration 4 shows a selectiv-
ity of 1.17. W(T), at —2.06, is again the dominant sensitivity,
followed by W(k,) and W(a) at —1.48. Iteration 4 involves
hardly any temperature rise (T, = 325.7 K); hence, in itera-
tion 5 we consider a reactor packed with inert solids (solid
holdup = 0.5), with flow close to plug flow (N=5), and a
lower k, (4x1075% m/s) and a (200 m~1). This improves the
selectivity to 4.66. There is a 10°C temperature rise across
the reactor. If this is not acceptable, a staged packed column
with interstage heat removal could be used, as shown in iter-
ation 6. This further improves the selectivity of P to 5.31. In
iteration 6, the values of k, and a are close to their lower
limits. Also, since there is hardly any temperature rise across
the reactor, the screening procedure is terminated at this
stage.

Step 6: Identify Reactor Type. The above set of parameters
indicate a reactor with a 50% solids holdup, a low gas-liquid
mass-transfer coefficient and interfacial area, and with liquid
in nearly plug flow. This corresponds to a cocurrent down-
flow, gas-liquid packed column reactor. If an isothermal op-
eration is desired, a staged packed column with heat removal
between the stages is recommended (iteration 6).

Steps 7 and 8: Flow Regime and Feasibility Check. The gas,
liquid and solid holdups at the end of the screening are 0.3,
0.2, and 0.5, respectively. For a liquid residence time of 1,000
s, these correspond to a reactor volume of 10 m®. For a height
to diameter ratio of 8, the gas and liquid mass velocities are
found to be 0.149 kg/m?-s and 1.495 kg/m?-s, respectively.
From the flow regime map for downflow packed beds pro-
posed by Charpentier and Faviar (1975), this corresponds to
an operation in the trickling flow regime. For a column packed
with 1/2 in. Raschig rings, the energy dissipation for liquid
flow is found to be less than 1 W/m®. For such low energy
dissipation rates, a mean value of 0.008 s~ applies for k, a
(Charpentier, 1981). This is comparable to the value used in
the screening procedure (iterations 5, 6). Hence, the down-
flow packed column is a feasible reactor choice.

Example 4: exothermic reversible reaction

Consider a single exothermic reversible reaction as shown
below.

Agy— A — AHp aps
kq
A(|)+ B(|)_\k2 P“) Rate = klA(I)B(I)_ k, P(l) —AH

An example of such a reaction is the dimerization of acet-
ylene, which is the first step in the manufacture of chloro-
prene from acetylene. Since the reaction is exothermic, the
equilibrium conversion drops with increasing temperature;
hence, heat removal is critical. One way to achieve a high
conversion is to carry out the reaction in multiple stages, with
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Table 10. Base-Case Parameters for Example 4

Fs 0.04m3s —AHp 4ps  0.8Xx10* I/mol
F.  0.002 ms —AH 2x10° J/mol
7. 1,000s —AH,,  1x10° J/mol
e 03 Feed Conditions

e 07 Gy 30 mol/m?®

k; 12x107exp(—05X10%®RT) L, Lp 0 mol/m?®

k, 10%exp(—25x105%®T) Lg 5,000 mol/m®
k., 1x107*ms Teed 350 K

H,  0.25 (mol/m®)g/Amol/m®)_ Teoolant 300 K

a falling temperature profile. The screening procedure will
now be applied to the above reaction.

Step 1: Since we are dealing with a single reversible reac-
tion, the conversion of liquid reactant B is an appropriate
performance index.

Step 2: Generic Model. The forward reaction is of
second-order overall, while the reverse reaction is first-order
in the product concentration. Again, a network of stirred
tanks in series, with no reaction in the liquid film, is chosen
to model the reaction. As before, the heat-transfer topology
consists of internal heat transfer, as well as interstage heat
transfer, with appropriate parameters in the model selecting
between the two. Arrhenius expressions are used for the rate
constants.

Step 3: Sensitivity Model. k, a, k;, K,, T, and N are cho-
sen as parameters of interest.

Step 4: Generate Base Case. A single stirred tank reactor
without any heat removal mechanism is chosen as the base
case for this reaction. The temperature of the feed is 350 K,
while the coolant stream is assumed to be at 300 K. The base
case parameters are summarized in Table 10.

Step 5: Screen Parameters. The results of the screening
procedure are shown in Table 11. The performance index xg,
as well as the gas conversion x,, are shown in columns 2 and
3, respectively. The temperature T, is that at the outlet of
the reactor or the reactor cascade. The rate constants and
the sensitivity coefficients of xg to the rate constants are not
shown for reasons of clarity. In the base case, the adiabatic
stirred tank gives a very low conversion (xg = 0.09). The sen-
sitivity coefficient of the highest magnitude is that with re-
spect to the temperature [W(T)= —0.39]; hence, iteration 2
employs an internal cooling device to manage the heat of re-
action. The temperature of operation is consequently lower
at 394 K. However, the conversion is still low (xz = 0.23) and
is most sensitive to temperature. Iteration 3 considers a lig-
uid recycle with a supplementary external heat removal de-
vice having a heat-transfer area of 20 m2. This improves the
conversion to 0.25, and the reaction is dominated by the gas-
liquid mass transfer (¥(k,) and ¥(a) are high). Also, the
reactor still operates 35°C above the feed temperature. To
achieve a greater heat removal, iteration 4 considers the re-
action to be carried out in a boiling reactor, with heat being
removed by the vaporizing solvent. This involves an implicit
assumption that the bubble point for the solvent is lower than
the reactor temperature. It is also assumed that the reactants
and products do not vaporize to a significant extent. Also, k,
and a are increased as shown by the downward pointing ar-
rows in the table. This improves the conversion (xg = 0.267),
and also makes the reactor essentially isothermal (T, = 350.6
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Table 11. Sensitivity Analysis for a Reversible Exothermic Reaction (Example 4)

ke _ a _ Tout _ Corresponding
Xg Xa (m/s) (k) (mbH  F(a) K) v (T N Reactor Type
1 1x10~* 1,000 415 1 Stirred tank without
0.09 0.4 0.004 0.009 —-0.39 heat removal
2 1x10~4 1,000 394 1 Stirred tank with
0.23 0.84 0.10 0.045 —-0.24 internal heat transfer
3 1x10~4 1,000 385 1 Stirred tank with internal
0.25 0.88 ! 0.11 ! —0.05 and external heat transfer
2%x10~* 1,200 350.6 1 -
4 0.267 095 003 0,001 . Boiling reactor
5 2x1074 1,200 353 5 Stirred tank cascade with
0.278  0.97 0.05 —0.002 interstage heat transfer

K). In case a boiling reactor is not suitable for the reaction
under consideration, we proceed as follows. Since we have a
single reaction, a plug flow would improve the conversion.
Hence, in iteration 5 we use a cascade of 5 reactors (each
having one-fifth the volume of the single reactor). Also, an
interstage heat removal scheme is employed, where the out-
let of each stage is cooled to 350 K before going to the next
reactor in the cascade. The temperature at the outlet of the
cascade is now 353 K, only three degrees above the feed tem-
perature. This improves the conversion of B to 0.278. Simul-
taneously, the conversion of A has improved from 0.4 (itera-
tion 1) to 0.97. The screening procedure is stopped at this
stage, because the only way to improve the conversion fur-
ther is to reduce the feed temperature, a decision which is
beyond the scope of the screening procedure.

Step 6: ldentify Reactor Type. Two possible reactor types
can be identified by the screening procedure. Iteration 4 sug-
gests a single boiling reactor, whereas iteration 5 suggests a
cascade of 5 reactors, with interstage heat removal. Both re-
actors have high mass-transfer coefficients. Thus, the first al-
ternative corresponds to stirred tank reactor with the solvent
being continuously evaporated and refluxed, while the other
alternative is a cascade of stirred tanks with interstage heat
removal.

Steps 7 and 8: Flow Regime and Feasibility Check. For the
boiling reactor of iteration 4, a feasibility check similar to
that for the stirred tank reactor of Example 2 will be consid-
ered. The gas and liquid holdup used in iteration 4 are 0.3
and 0.7, respectively. For a liquid residence time of 1,000 s,
these correspond to a reactor volume of 2.85 m®. With a
height to diameter ratio of 1, the gas and liquid superficial
velocities are calculated to be 0.022 m/s and 0.0013 m/s, re-
spectively. Using the correlation of Yagi and Yoshida (1975)
for k,_a in gas-liquid agitated reactors, the operating impeller
speed required to obtain a k,_a of 0.24 s~ is found to be 5
rps. This corresponds to a power consumption of about 1.21
kw/m?3 (6 hp/1,000 gal). Thus, the boiling reactor is a feasi-
ble reactor choice. It is easy to show that the stirred tank
cascade is also feasible.

Conclusions

In the initial phase of process development, information
about the reaction is often incomplete and unreliable, and
design of the process around the reactor is still in progress.
Despite this uncertain environment, it is crucial that the best
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reactor be identified for further process development in a
timely fashion. Indecision will hold back other design activi-
ties and prolong the development time. Yet a suboptimal
choice, once built, will incur economic penalty on a continu-
ous basis (Lerou and Ng, 1996).

To meet this need for reactor synthesis, a screening proce-
dure for nonisothermal, multiple reactions has been devel-
oped. We limit ourselves to gas-liquid, liquid-liquid, and gas-
liquid-solid catalytic reactions in nonfoaming systems. The
conventional multiphase reactors are decomposed into the
relevant attributes, geometries, and constituent parts. To
handle heat effects, topologies and devices for heat manage-
ment are also included. All of these are then reaggregated to
form a generic reactor model and an accompanying sensitiv-
ity model. For a chosen performance index, the sensitivity
analysis suggests values for reactor parameters such as phase
volume fractions, mass-transfer coefficients, heat- and mass-
transfer areas, which lead to the desirable alternative reactor
types. Further, the sensitivity coefficients of reactor parame-
ters, such as solubility and rate constants, reveal the potential
impact of the uncertainty of these parameters. This will help
prioritize the experimental effort for the determination of
more exact parameter values.

The screening procedure can be extended in a number of
directions. Suitable models and knowledge base for selective
mass-transfer devices, such as membranes, are needed. The
reactor model can be further generalized. For example, we
can account for the possibility that reaction can occur in more
than one phase, the liquid reactants and products are volatile,
and so on. It is also possible to include high resolution mod-
els with additional parameters in the screening procedure.
For example, in addition to macromixing, micromixing can be
incorporated in the model (Baldyga et al., 1997; Samant and
Ng, 1999). The temperature, flow rate, and concentration of
the feed, as well as the liquid-phase residence time, which
are fixed in this screening procedure, can be varied to achieve
a superior performance. Also, it is highly desirable to develop
a user-friendly computer code to help perform this screening
procedure. Most of these efforts are underway.
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Notation

a= gas-liquid interfacial area per unit volume of re-
actor, m2/m?
a,, = surface area for heat transfer
ag =solid surface area per unit volume of reactor,

m2/m?3
A; = concentration of ith species taking part in reac-
tion (Eq. 1)
¢, c”"= first and second differentials of ¢ with respect
to z

Cg, C, = heat capacity of the gas and liquid streams, re-
spectively, J/kg-K
D, = diffusion coefficient of species i in the liquid
phase, m2/s
F, F_= flow rate of gas and liquid phase fresh feed, m%/s
Gi(j), L;(j)= concentration of species i in the gas and liquid
bulk phase, respectively, in the jth cell, mol/m?
H; = solubility coefficient for species i, (mol/m?)y,./
(mol/m®);;quig
k= reaction rate constant, s~
k,_ = overall gas-liquid mass-transfer coefficient, m/s
ks = solid-liquid mass-transfer coefficient, m/s
L{(j)= concentration of species i in the liquid film,
mol/m?®
mg, M, mp=number of gas and liquid-phase reactants, and
liquid-phase products, respectively
P =reactor performance index (selectivity, conver-
sion, total cost)
Q= heat load generated during reaction, or removed
by heat transfer
s, s = vector of sensitivity coefficients (Eq. 6)
se(j), s(j), s( jl)= sensitivity of the concentration of the ith species
with respect to a reactor parameter in the jth
cell in the gas phase, bulk liquid and the liquid
film, respectively
T',T"= first and second differentials of T with respect
to z
V= volume of a single tank in the network, m?
X = dimensionless distance in the liquid film
z= axial direction
€s, €, €g = solid, liquid and gas phase holdup in the reactor
®,(j)= kinetic rate expression for the consumption of
the ith species
v; = stoichiometric coefficient for species i in the kth
reaction
0,(j)=rate of the kth reaction in the jth cell in the
network, mol/m?®-s
p=density, kg/m?
75, Tg = residence time of the gas and liquid phase, s
\If(aj):sensitivity coefficient of the performance index
_ to the parameter o
W(a;)=normalized performance index sensitivity coeffi-
cient

1

Subscripts and superscripts
f= pertaining to the liquid film

G = gas phase
i= pertaining to species i
L = liquid phase
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